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L. Guillou ∗, S. Paul, V. Le Courtois
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bstract

The effect of H2 staging for Fischer–Tropsch synthesis over a 20 wt% Co/SiO2 catalyst in a 200 �L wall-coated channel microreactor was
nvestigated.

Some pre-experimental modeling was developed from a modified pseudo-homogeneous 1D reactor model using a pre-established rate form for
O consumption. The predicted CO conversion levels attained for various discrete staging policies were investigated and the results were used as
pre-selection tool. It was used to design a H2 staged reactor with three equally spaced injection ports.
The experimental set-up was used to get conversion and product distribution data for various H2 distribution policies. The experimental conversions
ere in good agreement with the modeling. The tuning of H2 flow pattern over the three ports lowered the CO conversion and increased mainly
5–C9 selectivity. Once combined, these effects allowed to half the C1–C4 yield without dramatically reducing the overall C5+ yield allowing a

marter use of H2. A non-uniform increasing staging policy gave the best product distribution for C5+ increased production at 0.1 MPa and 180 ◦C.
2007 Elsevier B.V. All rights reserved.

actor;

p
r
u
r
r
o
u

a
b
i
u
a

eywords: Fischer–Tropsch synthesis; Micro-structured reactor; Cross-flow re

. Introduction

The most common feed configuration for fixed-bed reactors
ay be defined as a co-feed strategy: reactants are mixed and

njected in the same inlet. But other feed geometries may be
ncountered. These are defined as distributed feed as long as
ultiple inlets are concerned. Reactors using such distribution

atterns are generally referred to as cross-flow, staged or dis-
ributed/distribution reactors [1]. These generic names may in
act cover various flow configurations and distribution devices.
u et al. [1–3] proposed six different classes (Fig. 1) depending
n either the auxiliary inlets are continuously (Fig. 1(2 and 4))
r discretely (Fig. 1(1, 3, 5 and 6)) distributed, uniformly fed

Fig. 1(2 and 3)) or not (Fig. 1(4–6)) and, in the case of a dis-
rete staging, equally spaced (Fig. 1(3 and 5)) or not (Fig. 1(6)).
he choice of a configuration versus another should rely on the
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roperties of the reactions involved such as reaction rates, heat
eleased as well as reaction schemes, etc. According to each sit-
ation described by these intrinsic properties, to tune the local
eactant partial pressures through a staged injection of one of the
eactive streams may be an engineering solution to induce yield
r selectivity modifications for a selected product or to avoid
ndesirable side reaction [4–8].

Fischer–Tropsch synthesis (FT) allows to convert syngas into
broad range of hydrocarbons but it exhibits a relatively complex
ehaviour. An extensive review of its properties was proposed
n a recent tome [9]. FT shows a still unclear and only partially
nderstood reaction scheme, which results on the production of
broad range of hydrocarbon products, plus water and CO2, the

elative quantities of which depending on many reaction param-
ters such as pressure, temperature or catalyst used [10]. As
consequence it is difficult to define selectivity issues, prod-

ct distribution being possibly a far proper term. Generally a

esired hydrocarbon fraction is aimed at in order to get an eco-
omically attractive production, depending on feedstock nature
nd on process conditions. Within the possible productions,
hort isoparaffins or unbranched middle distillates appear as two

mailto:lgu@lgpc.cpe.fr
dx.doi.org/10.1016/j.cej.2007.03.030
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ig. 1. Six types of feed policies and their interrelations. (The numbers labeled n
nd f the feed distribution function.) Reprinted from ref. [1], Copyright (1997),

ttractive synfuels. The former may be used as a quality gasoline
11], whereas the properties of the latter make it a hydrocarbon
ixture of choice for the blending of diesel fuels for example

12]. For diesel fuel production a catalyst of choice is Co based.
t can be assessed from available rate expressions for CO con-
umption that H2 distribution would hinder CO conversion [13]
ut effects on product distribution are less easily predicted. In
rder to reach their optimal efficiency, Co based catalysts require
PH2 /PCO value set around 2–2.1 [40]. If such a value can be
btained for syngas processed from natural gas, it is not nec-
ssary the case for other raw material resources such as coal
r biomass: they lead to CO rich syngas feds. In order to be
sed with Co based catalysts, syngas composition need to be
orrected [15]. Question might be addressed on the best way to
nsure this correction: either totally upstream of the reactor or

hrough a local dosing of extra H2 with staging policies. Influ-
nce on staging over overall activity and C5+ cut selectivity will
efine a selection criteria defining the potential of H2 staging.

ig. 2. Schematic view of reported staged reactors for FT (from left to right
13], [14], [9]).
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the rectangles refer to the types of reactors; N being the number of feed points
permission from Elsevier.

Yet as far as FT is concerned, only a few distributed strategies
ere experimented [11,16–21] (Fig. 2). A first staged approach
as proposed under the form of follow-bed (Fig. 2, left), or two

tages, process for the production of isoparaffins by Zhao et al.
11]. The first stage of the process used a typical FT catalyst
perated under classical co-feed conditions. The second stage
sed a HZMS-5 zeolite to crack and isomerize the FT prod-
cts. An additional H2 feed between the two stages is required
o properly operate the cracking operation. Although using an
nter-stage auxiliary hydrogen feed, that process is hardly related
o a pure cross-flow system because of the different nature of
he two consecutive catalyst beds. A second concept of staging
olicy for FT processes was proposed [16]: two or more reac-
ors are integrated in a cascading configuration, which includes
dditional inter-stage gas feeds and optional inter-stage water
xtractors. If reactors are packed bed, then the process flow sheet
end toward a follow bed configuration as proposed by Zhao et
l. [11] at labscale and is somehow close to a distributed reac-
or. Another feed distribution policy was proposed by Sharifnia
t al. [17] with a 4 points discrete feed (Fig. 2, centre). Con-
inuous (membrane) distributors were studied in our group too
18–21] (Fig. 2, right). These membrane set-ups differed from
heir traditional use in FT as potential devices for water contin-
ous extraction [22–23] or as plug-through contactors [24–26].
he various distributor configurations reported were proposed

o get an increased selectivity into C5+ or C10–C20 syncrude.
he configurations considered in these studies used distributors

ocated along a packed-bed. The results obtained by Sharifnia
t al. [17] on 2 g of a 22 wt% Co/SiO2 packed catalyst exhib-
ted an enhancement of C5+ selectivity and a decrease of the
H4 production for various distribution policies at 0.1 MPa and

or temperatures and resident times varied between 200 and
20 ◦C and 1–4 s respectively. The olefinic ratio of the products
ncreased too. These product distribution modifications versus a

o-feed strategy were however counter-balanced by a decrease
f the CO conversion by a factor of 1.6–2 in regard of the H2
istribution profile between the four inlets. Globally, C5+ yield
as only slightly affected under the three tested geometries.
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ur group own researches with H2 membrane distributors and
0 wt% Co/Al2O3 [18,20] catalysts showed similar trends for C1
nd C5+ selectivity and CO conversion. Over 20 wt% Co/SiO2,
ifferent behaviour was obtained; as previously, C1 selectivity
as reduced as well as CO conversion but C5+ selectivity was

owered too [21]. This Co/SiO2 catalyst was found to show poor
eproducibility and might worth being discarded.

Léonard [18] proposed a simple reactor modelling based on
1D pseudo-homogeneous approach but only apparent kinetic
ata collected over a limited experimental range was available.
t gave good product distribution predictions for C7–C16 range
nder differential mode but computed results had a limited inter-
st as they did not succeeded in giving a reliable simulation of
he entire product range (the light gases production was largely
nderestimated) and were restricted to low conversion levels (i.e.
O conversion levels no larger than 8%).

The objective of this work is to contribute to the understand-
ng of the effects of the staging of the H2 feed on the FT products
istribution by combining modelling and a complementary
xperimental approach. On purpose, a channel micro-reactor
ith catalyst coated oppositely to the injectors was used to over-

ome the previously identified drawbacks of the packed-bed
ystems, mainly in terms of transfer rates: the coated micro-
hannel design is indeed known to be favourable to a more easily
chieved isothermal operation and a fast mixing [27] between
he added H2 feeds and the main stream. Although promising
nd largely investigated in fine chemicals, the use of microstruc-
ured reactors for FT remains a rather confidential application
eld. It appears that only a few papers or patents [28–33] are
edicated to it and most are contributions of Pacific Northwest
ational Lab [29,30] or spun-off Velocys Corp. teams [31–33].
hey focus upon packed or coated channels or arrays but never
eemed to address, in the open scientific literature, any feed
olicy effect beside standard co-feed studies.

In this paper, the influence of various H2 staging strate-
ies on CO conversion rate was first studied by a modelling
pproach. The simulation used a simple pseudo-homogeneous
D model coping with the spatial disposition of the injectors
hrough a distribution function. This exploratory study defined a
re-experimental development stage, which was used as a design
ool to select a peculiar staged reactor configuration for com-
lementary experimental study. Experimental results were then
onsidered in order to check out the validity of computed CO
onversion trends and to complete them with product distribu-
ion and hydrocarbon yield information, not accessible by the
implified modelling method used.

. Exploratory modeling of H2 staging effect on XCO

.1. Model parameters

Most contacting patterns may be simulated providing a rate
orm for CO consumption is available and well defined over the

perational window considered. A power law rate form was pre-
iously established for the 20 wt% Co/SiO2 catalyst used for this
ontribution [34]. Its parameters were fitted from XCO experi-
ental results obtained for low temperature (150–220 ◦C) and

a
ε

r
l

ing Journal 136 (2008) 66–76

ow pressure FT processes under medium conversion regimes
up 25%). These experiments were achieved in a 200 �L micro-
hamber reactor operated over the 3.6–63.2 mg, 1.5–3 P0

H2
/P0

CO
nd 0.5–2 s catalyst mass, partial pressure ratio and gas hour spa-
ial velocity ranges, respectively. Total pressure was set constant
t 0.1 MPa and 83 mL/h N2 STP was mixed with the reactants.

best parameter fit gave a power law form

rCO = 0.011 × P−0.5
CO

×P0.75
H2

at 180 ◦C (in molCO s−1 atm−0.25 kg−1
cat )

Corresponding activation energy was estimated at 79
±4) kJ mol−1. Fitted parameters were within the range of pub-
ished values for power-law rate forms for CO consumption over
arious Co based catalysts [35–36]. The validity range of this
ower law was established up to XCO = 25% at steady state.

This power law rate equation was used in conjunction with
reactor model, which was derived from an isothermal 1D

seudo-homogeneous model. Co-feeding and various distribu-
ion strategies were considered in order to simulate conditions
elevant of various patterns as defined by Lu et al. [1]. The pre-
xperimental simulation focused upon continuous and multiple
qually spaced discrete distributors. H2 molar flow added to fit to
he selected staging policy was implemented thanks to different
istribution functions [1]. The discrete equally spaced and uni-
ormly distributed auxiliary feeds were additionally considered
or 3, 4, 6 and 15 ports along a 800 mm long channel. Strate-
ies used for the three equally spaced ports with non-uniform
taged feed flow rates followed distribution templates described
n Table 1.

Extra-hypotheses were required to cope with partial pressure
ariations linked to the various product formation rates under
ntegral reactor. A first one was used to define the molar flow
ariation induced by the water (w) and hydrocarbon (HC) forma-
ion. It was defined from a constant molar contraction factor (εa).
a was defined as the ratio of the number of mole produced in
espect of the reactant required for its irreversible production. It
ust be emphasised that εa can be defined only for FT operated

nder dry mode, i.e. with negligible liquid product formation
t reactor pressure and temperature [34]. These conditions are
enerally acceptable for reaction at atmospheric pressure and
ow temperature. Moreover, in the present case, the use of εa
equires to consider that only paraffinic products are formed
hich restraints its use to catalysts with higher hydrogenation

ctivity, such as cobalt based ones for example. εa is expressed
or each product with i carbons using a generic product formation
quation defined as:

CO + (2i + 1)H2 → CiH2i+2 + iH2O

and : εai = nout
ai

nin
ai

= i + 1

3i + 1

here nai represents the total number of gaseous species either

t inlet or outlet for the formation of hydrocarbon with i carbons.
ai can therefore take any value between 1/3 and 1/2, which are
espectively representing the formations of a single infinitely
ong paraffin or methane exclusively. It must be pondered
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Table 1
Non-uniform and uniform feed policies for three ports staged H2 distributor

Strategy

Co-feed Staged (�) Staged (>) Staged (=) Staged (<) Staged (�)
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therefore be relevant of a progressive shift of the performances
as far as conversion is concerned. The number of port may
be used to define this behavioural mutation and a number set
at three iso-distributed inlets appears as an arbitrary bound-

Table 2
Simulated XCO values for uniformly staged H2 feed for various numbers of
equally spaced ports and for uniformly and non-uniformly staged H2 feed over
three equally spaced ports

XCO (%)

Number of port
Co-feed (1) 19.62
3 15.06
4 14.42
6 13.65
15 12.60
Continuous (∞) 11.86

Staging policy
Co-feed 19.62
� 17.83
Main (a) 100% 66% 44%
Port 1 (b) 0% 22% 33%
Port 2 (c) 0% 11% 22%

sing the global extend of reaction through the calculation of
n effective εai:
eff
ai = εai × xi

ith xi the molar fraction of product i taken from:

xi = rCiH2i+2∑
rCiH2i+2

For complex mixture, final εa value would be defined as the
um of all the contributions of ith order:

a =
∑

εeff
ai

However, in absence of any model for product distribution
rediction and the individual values of rCiH2i+2 , it was arbitrary
onsidered that εa could be represented by a constant value (i.e.
t was assumed that εa was product distribution independent)
nd set at the mean value of 0.417. It was used to calculate an
pproximate w + HC molar flow through:
i+1
w+HC = Fi

w+HC + εa × (�FCO + �FH2 )

he variation of FCO and FH2 associated to the reaction is cal-
ulated at each integration step. It is used to get the total molar
ow variation in respect of the z coordinate which is a function
f both −rCO (or XCO) and εa.

A second hypothesis was a constant value of the total injected
eactants mass flows. Thus the integral value of nt

H2
/nt

CO ratio
ver the whole longitudinal (z) coordinate was set at a constant
alue of 2. It can be set under equation as:

nt
H2

nt
CO

=
∫ z

0 n0
H2

(z) dz

n0
CO

= 2

Finally it will be assumed that −rCO = −rCO+H2 [35].
Simulations were done considering a reactor operated at

= 0.1 MPa and T = 180 ◦C. The flow values used for the mod-
lling were set at 200 and 60 mL h−1 for CO and N2, respectively.
hey were considered as being well mixed at inlet. Total H2 flow
sed in the modelling was set constant at 400 mL h−1 whatever
he distribution function considered. Integration argument var-
ed from z = 0 to 800 mm. Total exposed catalytic mass over the
00 mm long channel was considered to be 70 mg. Thus required
atalyst mass in each cell of the model was 0.0875 mg.

.2. Influence of the number of ports for equally distributed

2 flows

The first set of simulations explored the influence of the num-
er of ports. These were equally spaced along the channel and
33% 22% 11%
33% 33% 22%
33% 44% 66%

niformly fed with H2. Three, 4, 6, 15 inlets were used for dis-
rete distribution. A continuous case (continuous distribution)
as studied too.
The number of equally distributed auxiliary inlets showed

n influence on the achieved conversion level (Table 2). The
imulations predicted a progressive lowering of CO conver-
ion with the increasing number of stages, in reason of a lower
ctivity level computed for sections fed under low H2/CO con-
itions. For example, in three-port configuration, first section is
nder H2/CO = 0.66 at inlet and reached only circa 2 at third
nlet, minus H2 and CO consumed up-flow. This diminution of
CO versus the co-feed strategy was more extensive for poli-
ies using a limited number of stages: beyond 10 ports, the
onversion loss induced by any additional inlet became neg-
igible, XCO progressively tending toward the asymptotic value
f 11.86% reached for a uniformly continuous distributor (mem-
rane like) (Fig. 3). The most impressive loss was thus obtained
or the switch from co-feed to three inlets. It actually cost more
han 23% of XCO maximum conversion achieved under co-feed
olicy. Further addition of supplementary inlets showed less
nfluence, the maximum expected conversion tending readily
oward the asymptotic value predicted for continuous distri-
ution.

The switch from co-fed to distributed feed policy might
> 16.25
= 15.06
< 13.68
� 11.34



70 L. Guillou et al. / Chemical Engineering Journal 136 (2008) 66–76

F
f

a
e
a
s
s
a
m
t
s
v

2

u
d
o
t
s
s

F
p

F
u

s
i

w
t
t
i
t
o
c
(
v
v

n
a
c

ig. 3. Simulated variation of XCO in function of the number of reactor stages
or a uniform distribution.

ry worth being investigated. It may allow to checkout the
xperimentally achievable conversion levels and the associ-
ted product distribution with a reasonable amount of different
taging policies from decreasing to increasing staged injection
trategies. Additionally, a three-port design can operationally be
chieved in a limited time extend for a limited associated cost in
icrostructured stacked reactors [34]: individual process con-

rol and regulation at each inlet remains possible and very little
upplementary mechanical or material engineering is required
ersus a basic microchannel reactor.

.3. Influence of flow uniformity

Influence of flow uniformity was investigated over contin-
ous and 3 points discrete H2 distribution. For continuous
istributors the added H2 flow was considered as being uniform

r non-uniform. The latter was declined under three possible dis-
ributions patterns which were defined using square root, first or
econd order distribution functions (Fig. 4). The influence of
taging uniformity over XCO for the three discrete and equally

ig. 4. Distributed H2 molar flows for three continuous non-uniform staging
olicies.

t
s
o
a
X
w
m

F
f
s

ig. 5. Simulated cumulated XCO over a single 800 mm long channel for a
niform and three different continuous non-uniform H2 staging policies.

paced ports was investigated according to the template defined
n Table 1.

For continuous distributors, the simulated conversion levels
ere highly dependant on the staging uniformity (Fig. 5). For

hree distribution patterns applied, the order of the function used
o define the local additional H2 injection dramatically mod-
fied the achieved conversion: the higher the order, the lower
he conversion. For a uniform distribution (order 0) 11.86%
f conversion was obtained (Table 2). This level dropped to
irca 8.4 and 6.4% for first and second order forms respectively
Fig. 5). For power 2-form distribution function the total con-
ersion loss in respect of the co-feed strategy was reaching 68%
ersus “only” 40% for a uniformly distributed H2.

For discrete equally spaced three-port injection policies, the
on-uniformity of the feed had similar effect (Table 2). Once
gain, the later the H2 was added, the bigger the loss was. For
onfiguration �, where a maximum of H2 shortcuts the first two-
hirds of the channel, 42.2% of CO conversion were lost. XCO
hift toward lower overall activity levels was more progressive
ver the first policies �, > and uniform (=) which guaranteed
lower H2 depletion level at reactor main inlet. An insight of

CO as a function of reactor coordinate (Fig. 6) indicated that it
as mainly the first part of the reaction zone that presented the
ost impressive conversion modification under staging strategy.

ig. 6. Simulated cumulated XCO over a single 800 mm long channel for co-
eed, uniformly and no-uniformly discrete H2 staging policies over three equally
paced ports; port locations indicatively shown.
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eyond the first auxiliary port, the conversion profiles tend to
ecome parallel; the most delayed H2 injections did not appear
s causing any outburst of CO conversion for the imposed total
2 molar flow.
Although simplified, these XCO modelling finally appear as

eing reasonable under the current retained hypothesis and state
f understanding of FT activity over Co catalyst [10,37]: low
ocal PH2 /PCO values tend to decrease the conversion level. The
arious distribution functions and number of ports considered
ogether or separately just act as different cantilevers to tune this
H2 /PCO local value. Anyway in absence of a potential conve-
ient model for FT product formation at low temperature and
ressure, only a complementary experimental campaign can give
n insight of staging policies influence over product distribution.

. Experimental

From the previous modelling study five feed distribution
trategies were selected to be experimentally applied in order
o check out the validity of the simulation. The same feeding
arameters as the one used in the simulation (Table 1) were
pplied.

The main components of the experimental reactor are shown
n Fig. 7. The overall setup was composed of a gas feeding
ystem, a reactor with three injection ports and an online gaseous
roducts analysis system. These three organs are described in the
ollowing sections.

.1. Channel micro-reactor and distributor designs

The reactor was a stacked single channel microstructured
eactor. Its main compounds were two engineered 316L stainless
teel foils arranged between two housing devices.

The housing was equipped with inlets (gas distributor) and
utlet connexions, as well as heating devices and K thermocou-
le. The temperature was adjusted with a PID controller. Inlet
treams were regulated with Brooks mass flow regulators for

2, CO and N2.
The engineered foils were the channel plate and a catalytic

late. The channel dimensions were 800× 1 mm. It was mechan-
cally engraved in a 250 �m thick 316L foil with a PROTOMAT

ig. 7. Schematic view of un-stacked microchannel reactor (a + b + c = 1).
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ast prototyping machine controlled by Eagle software. The
hannel was stacked between the upper distributor and the lower
atalytic plate.

The distributor was a three points 316L stainless steel injector.
yngas injected at main inlet leached the catalyst plate whereas
uxiliary inlets were located orthogonally to the channel. All
nlet gaseous streams are preheated at 180 ◦C. Their positions
ere calculated to be relevant of a developed linear distance
f 267 and 533 mm from the channel main stream entrance;
t divides the channel in three equal parts. Main inlet was
n uncoated microchannel (30 mm × 1 mm × 0.25 mm) contin-
ously prolonged by the reaction channel. Auxiliary inlet ports
ere 0.5 mm diameter pinholes. Outlet collector had character-

stics similar to the main inlet.
Though convenient for rapid assembly and catalyst test-

ng in microstructured environment, such a stacking solution
pplied to reactor structure limits the range of working pressure
chievable. In absence of bonding of the structured foils, the
aximum pressure achievable is very limited for metal/metal

tacks: specifications for a similar commercially available cat-
lyst testing microreactor are set at 0.3 MPa [38] whereas the
esign described here was tested as being leakage free up to
.4 MPa [34]. It corresponds to the pressure gap usually reported
or non-bonded stacked microstructures [39]. As a consequence
t was decided to limit the working total pressure at 0.1 MPa.

.2. Preparation of the catalyst

The preparation of the catalyst required a complex sequence,
hich has been documented elsewhere [34,40–42]. Main steps

re summarized here.
The catalytic plate was made out of a multilayered compos-

te material: AISI316L stainless steel substrate was pre-treated
ith remote plasma enhanced chemical vapour deposition

RPECVD); it allowed the growth of a 5 �m thick polymethyl-
iloxane film [40,41]. That film was then mineralized under the
orm of a SiOx glass through a controlled thermal treatment
nder air. The obtained material acted as a bonding layer between
he catalyst and the substrate [34,42]. That approach is similar to
he one propose by Wang and co-workers [43], although it was
pecifically designed to be used with silica supported catalysts
rafted of AISI316L steel in our case.

A 20 wt% Co/SiO2 catalyst was used for the Fischer–Tropsch
ynthesis. It was obtained by a sol–gel modified method [42].

classical sol made out of the catalyst and support precur-
ors (Co(NO3)2 and Si(C2H5O)4) acidified with HNO3 was
sed. Contrary to the classic solution proposed elsewhere [37], a
inary solvent (H2O, C2H5OH) was used. Its composition was
et at 42 wt% water for 58 wt% ethanol. Quantities of TEOS
nd Co(NO3)2 to be added were calculated to reach the desired
atalyst final composition.

Coating was applied by a continuous hot spraying process.
he 1 h aged sol was pulverized with an atomization nozzle on
he RPECVD modified steel. Gelation occurred during aerosol
hase transport and at the impact with the heated (150 ◦C) sub-
trate. The fresh-coated catalysts were then treated under air at
50 ◦C for 1 h.
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This method allowed getting catalysts layers with a thickness
arying from 5 to 110 �m. Adhesion was A5 according to the
STM-D3359-02 test. In this study a 5 �m bonding layer was
sed. It was coated with a 70 �m thick catalyst layer, which
orresponded to 74.1 mg of 20 wt% Co/SiO2 catalyst. Typical
pecific areas determined by nitrogen adsorption according to
he B.E.T. method were set around 260 m2 g−1. Pore volume was
ypically 0.17 cm3 g−1 with 50% of microporous contribution
30]. XDR diffraction on picked up sample showed only Co3O4
xide phase. All these properties were similar to the one obtained
or similar catalysts used in a different microstructured reactor.
etails on characterizations can be found elsewhere [42].

.3. Evaluation of activity and product distribution

Catalyst was in situ conditioned under H2 flow at 450 ◦C; a
◦C min−1 ramp was used. Final temperature was hold for 4 h.
he system was then cooled down to its working temperature.
fter thermal stabilisation, gaseous streams were swapped to

he wished flow and composition values.
Outlet stream was heated at 250 ◦C to avoid product con-

ensation. Gaseous products were analyzed on-line by gas
hromatography using on one hand a DHES and a 13× molec-
lar sieve columns in serial connected to a thermal conductivity
etector and, on the other hand, a TDX-DB1 capillary col-
mn connected to a flame ionization detector. This set up
llowed to get accurate information on CO conversion (XCO)
nd product distribution (C1–C4, C5–C9, C10+) within very short
nalysis times (1–15 min maximum for the complete gaseous
roducts range); however the C1–C4 cut is represented by a sin-
le composite peak that cannot be deconvoluted and as such
he C1 (methane) selectivity could not be independently deter-
ined. Thus selectivities must be expressed as hydrocarbon cuts.
arbon mass balances were calculated on the basis of these ana-

ytical results. Ten mole percent of N2 is injected simultaneously
ith CO; it is used as an internal standard for CO conversion cal-

ulation purpose. Measurements reported were done after 72 h
nder fixed reaction conditions.

.4. Inlet feed conditions

The reactor was operated at P = 0.1 MPa and T = 180 ◦C. The

eed strategy was defined in order to keep constant total molar
ows of CO, N2 and H2 over the three inlets at 198, 66 and
96 mL h−1 STP, respectively. CO + N2 were always injected at
ain inlet for all the reported experiments. All H2 was injected at

a
M
t
d

able 3
xperimental FT conversions and selectivities for co-feed, uniformly and non-unifor

Strategy

Co-feed 1 � >

CO 18.1% 16.1% 14.8%

1–C4 64.3% 63.6% 62.8%

5–C9 22.3% 23.7% 24.8%

10+ 13.4% 12.7% 12.4%
balance 94% 95% 93%
ing Journal 136 (2008) 66–76

ain inlet as a well-mixed gas with CO + N2 for co-feed experi-
ents; otherwise it was injected in various proportions given in
able 1 over the three possible H2 injection ports, i.e. main, port
and port 2 (a–c respectively on Fig. 7).
The flow values selected for the modulation of the H2 injec-

ion strategy correspond to an inlet partial pressure ratio of circa
for P0

H2
in respect of P0

CO for co-feed experiments; this peculiar
unctioning point was selected for a comparison purpose as it
orresponds to an almost optimum operation frame for FT with
o based catalysts under co-fed conditions [14].

. Results

Table 3 gathers the various experimental performances in
erms of CO conversion (XCO) and product distribution (C1–C4,

5–C9, C10+ selectivities) obtained for the different staging
trategies. Results are presented according to the experimental
hronology. All the experiments were done on the same cata-
yst load. Co-feed experiments were done first and last in order
o check out the catalyst stability over the entire experimental
ampaign.

.1. Catalyst activity and product distribution in the
o-feed strategy

The activity achieved by the 70 �m thick 20 wt% Co/SiO2
atalyst rose to a conversion level set around 18% (Table 3).
his activity level was comparable with the ones previously
bserved for the same catalyst for a different micro-reactor flow
onfiguration [42] or under a broader partial pressure and contact
ime experimental ranges [34]. Similarly product distribution
xhibited a significant C10+ selectivity around 13% which was
omparable with the observed performance for other Co/SiO2
aterials at 0.1 MPa and 180 ◦C [12].
C balance showed a slight deficit (Table 3): this is mainly

ue to its determination from the analysis of gas phase only
hat gives an incomplete overview of the formed products. It
emained however quite satisfying because of the low expected
roduction of C18+ products under the low pressure and tem-
erature conditions applied. Activity and product distribution
evels were fully recovered under similar feed conditions at fixed
= 180 ◦C and P = 0.1 MPa between the first co-feed experiment
nd the repeatability test at the end of the campaign (Table 3).
odification of the internal reactants partial pressures condi-

ions through the H2 distribution along the wall-coated catalyst
id not seem to induce any significant deactivation of the active

mly staged H2 feed over three equally spaced ports

= < � Co-feed 2

13.8% 12.6% 12.0% 17.9%
59.9% 54.5% 50.5% 65.7%
27.9% 33.1% 33.2% 21.3%
12.2% 12.4% 16.3% 13.0%
96% 94% 89% 92%
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hase even if five different flow distributions were tested over
total 432 h under reaction. Thus the catalytic results obtained

n between for distributed feed experiments were considered as
eing meaningful.

.2. Catalyst activity and product distribution in the
taged-feed strategy

The H2 flows were distributed within a CO + N2 continuous
ow, shifting the local gas phase composition from H2 rich feed
�) to H2 depleted (�) conditions in respect of main inlet.
he channel reactor was never set under totally H2 depleted
ondition for main inlet, which always insured a minimum par-
icipation of the whole catalyst load over the entire length of
he reactor. Complementary H2 required for keeping a constant
otal H2 molar flow over the summed three inlets was progres-
ively shifted toward the two remaining auxiliary injectors. Thus
t modulated the local PH2 /PCO partial pressure ensuring local
ompositions that were unable to be reached under co-feed sit-
ation for a fixed total reactant molar flow. This modulation
as applied using a progression of the distribution tuning, from
2 main inlet richer to poorer conditions. A central point con-

isted in a uniform distribution (=) of H2 over the three possible
njection ports.

It appeared that the activity level was progressively lowered,
he later the H2 being injected the lower CO conversion being
Table 3). The conversion levels were thus progressively low-
red from 16.1 to 12% while the H2 distribution profile was
rogressively shifted from main inlet rich to depleted conditions.

The product distribution was influenced by the feed geometry
Table 3). It appeared that delaying the injection of the main H2
ow contribution over the last third of the reactor favoured a
ecrease of the C1–C4 selectivity. In the same time the C5–C9
electivity rose from 23.7% for � geometry (i.e. 66% of H2
s injected in the main port) to 33% for the latest H2 injection
nder � geometry (where 66% of the H2 is injected in head of
he last reactor section). Singularly the C10+ selectivity showed
ittle sensibility to the distribution policy, remaining somehow
onstant around 12%. The latest point at C10+ = 16.3% for �
njection geometry is relevant of a brutal increase of selectivity
hich may be questionable in respect of an odd C balance (89%).
he obtained product distribution tending toward an increased

ormation of waxes, the latter will remain liquid and eventually
eld up within the structure which will cause a carbon mass
alance deficit as only the composition of gaseous products at
80 ◦C is analyzed with the current analytical set-up.

. Discussion

The proposed modelling must be carefully considered under
he retained hypotheses. Pseudo-homogeneous modelling and
as phase composition evolution must therefore be addressed.
he hypothesis of limited or negligible internal mass trans-
er limitation was found to be acceptable for layers thinner
han circa 50–70 �m [42]. Thicker layers cannot be strictly
onsidered as being consistent with the hypothesis of negligi-
le intradiffusionnal limitations. But the apparent CO apparent

s
c
i
q

ing Journal 136 (2008) 66–76 73

onsumption rate was computed from experimental results gath-
red over a 20–110 �m thickness range and therefore integrates
ny eventual internal transport limitations [34].

The hypothesis of a molar contraction factor being indepen-
ent from the product distribution for any extend of reaction is
he most arguable hypothesis. However in absence of a conve-
ient model for FT selectivity over Co based catalysts at low
ressure and temperature, an assumption had to be proposed to
pproximately model reactors with non-negligible internal com-
osition gradients. Indeed the influence of molar contraction and
he product partial pressure cannot be neglected anymore for
ntegral XCO levels, i.e. set above circa 4–8%, boundary remain-
ng to be defined precisely. For high conversions with levels set
p to 30% for the same 20 wt% Co/SiO2 catalyst, the proposed
ypothesis was previously found to be satisfying for the simula-
ion of co-fed channel micro-reactors operated at low pressure
nd temperature [44]. Thus it can be here considered that such
n identical hypothesis might be acceptable for simplified early
re-experimental simulation purpose.

The identification of −rCO to −rCO+H2 is in general a valid
ypothesis only for a narrow PH2 /PCO gap centred around 2.1 for
o based catalysts [34,35]. Indeed the CO consumption rate used
lone can rigorously be assimilated to the FTS apparent rate,
rCO+H2 , only over a very narrow composition and temperature

ange [35]. At higher temperatures or H2/CO ratio, −rCO+H2 is
ndeed influenced by the higher achieved H2 consumption rate.
n absence of coking and under negligible water gas shift (WGS)
rH2/ − rCO tends toward a value of 3 under high T or PH2 /PCO

ecause of an increased production of short hydrocarbons and
ater versus a value of 2 under milder conditions. The H2/CO
utlet ratio was reported as being non-constant from inlet to out-
et for syngas feed ratio values set above 2.1–2.5 or temperature
igher to 200 ◦C [34–35,44] thus indicating diverging CO over
2 consumption rates and inducing a falsification of the esti-
ated FTS apparent reaction rate from −rCO only. It appeared

rom previous study that this was acceptable on the 1.75–2.25
ange for the 20 wt% Co/SiO2 catalyst used here [34]. Beyond
n inlet feed ratio set at 2.25, outlet composition was no longer
ssuring a value kept constant; to remain acceptable the stag-
ng strategy required keeping local partial pressure ratio below a
op level of 2.25 which was the case here, the maximum attain-
ble level at any point being imposed at 2. Below 1.75, activity
evels reached at low temperature under 0.1 MPa are supposed
o be too low to exhibit a detectable eventual over consump-
ion of CO in respect of H2. We concluded the simplification of

rCO = −rCO+H2 was acceptable.
The experimental conversion obtained under staged feed poli-

ies were not very surprising: considering the known behaviour
f the FT under a broad range of PH2 /PCO conditions under
imilar space hour velocity, temperature and total pressure, they
ollowed the general trends reported for Co based catalysts. The
onversion trend alone has been easily predicted by the pre-
xperimental modelling from a simple 1D model. Such a fairly

imple modelling strategy may indeed be used for design and
haracterization of isothermal reactors as it was showed for an
ron-based catalyst in [45]. Conversion variation trends were
uite similar to the ones previously reported for various FT H2
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from natural gas would not necessary appear as an interesting
issue. H2 poorer syngas may however be a potential feedstock:
they are generally worked up with iron-based catalysts that can
ig. 8. Relative influence of staging policies over three equally spaced port on
T product distribution and activity.

istribution reactors whatever they were continuous distribu-
ors or discrete multipoint H2 injectors [17–21]. However order
f magnitude of experimental variations of XCO slightly dif-
ered from values previously reported. Under low pressure and
ow temperature conditions for distribution membrane fixed-bed
eactors Léonard reported a maximum of 60% of relative conver-
ion decrease versus co-feed policy [18–21] whereas Sharifnia et
l. [17] reached between 40 and 60% of loss for a discrete staged
acked bed reactor. Here XCO was in the range 12–16.1% which
ndicatively corresponded to 11–33.7% of conversion loss ver-
us co-feed policy. It is slightly lower than previously reported
ariation amplitudes (Fig. 8). For packed membrane reactors, the
onversion loss was not only attributed to depleted H2 composi-
ion over a large volume of reactor but to a possible shortcutting
f the catalytic packing too [21]; it may contribute to explain the
ifference between conversion variations found between [18]
nd the present work. In all cases, the activity decreases tes-
ify of over-dimensioning of substantial sections of the different
atalytic reactors used for staged experiments; more advanced
esign issues are required in order to optimize the inner potential
f every stage, for example through catalyst management such
s suggested in [16].

Discussion on product distribution is more case sensitive as
t should be undergone only for similar values of conversion.
s such variation trends can only be roughly discussed. These
ariations trends for product distribution were quite comparable
ith previously reported results. The global aspects of product
istribution obtained were compatible with the ones reported by
harifnia et al. [17]: an increase of C5+ selectivity in respect
f the spatial delaying of the H2 injection was obtained. But it
as however less influenced by the feed uniformity in [17]: it

eached a stable value whatever the staging policy was whereas
he variation is more sensitive to the distribution policy in our
ase (Fig. 8).

An insight of the hydrocarbon yields for the three cuts exam-
ned gives additional information as far as a comparison between
o-feed and staged feed is concerned (Fig. 9). Reactor per-
ormance expressed as yields (Y = XCO × relative selectivity)

howed a relative steady level for both YC5–C9 and YC10+ whereas
nly YC1–C4 was affected. The latter tended to be dramatically
educed from 11.6% under co-feed to 6.1% under the latest H2
njection (�). This decrease was continuous and testified of

F
t

ig. 9. Influence of staging policies over three equally spaced port on cumulated
ydrocarbon yields.

smarter H2 use within the reactor, C1–C4 cut being undesi-
able.

The comparison of the simulation for XCO with the experi-
ental results appeared to be quite satisfying too: parity plot

howed a dispersion of results within a ±15% acceptation
indow (Fig. 10). Similar confidence level was found for steady-

tate micro-channel reactor [44]. It may indicates a relative
obustness of the model proposed even for the simulation of
eactors having local PH2 /PCO values below the 1.5–3 frame
nitially used to fit the rate parameters. It therefore contributes
o validate the pre-experimental modelling approach as a diag-
ostic mode for the early design of a staged FT reactor operated
n the PH2 /PCO = 1–2 range.

Additionally the peculiar case of FT H2 distributed reactors
ust be examined under the scope of syngas feedstock. The

istribution of a significant part of total H2 flow over the channel
tructure would mean for H2 rich syngas a compulsory upstream
2 separation in order to set the main inlet PH2 /PCO ratio at a

elected level prior to FT. This additional unit operation could
e arguable and as such the H2 rich syngas obtained for example
ig. 10. Simulated XCO vs. experimental XCO; ±15% confident range indica-
ively shown.
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eal with poor H2 streams [10,14]. Cobalt catalysts with a longer
ife time and requiring lower temperature may replace the later
roviding an extra H2 source may complete the required H2
alance. Under such conditions the H2 make-up could eventually
e stage injected.

Concerning the reactor itself and its eventual scaling out,
ragmatism would tend to favour the most cost competitive
esigns. It would either tend toward the selection of a limited
umber of additional inlets in regard of control capability or
otivate a full swap toward continuous distributors that can be

echnically manufactured through membrane design. The tuning
f number of inlets and their positions as well as the pattern of
2 streams to be staged would require either extra study, specif-

cally in term of product distribution modelling, or advanced
aterial engineering, to propose a membrane able to deliver the

argeted H2 amount at the right place.

. Conclusion

In the present contribution, the effect of H2 staging for FT
ver a wall-coated catalyst in a channel microreactor was inves-
igated. A pre-experimental modeling was used to predict the
O conversion levels attained for various discrete and continu-
us staging policies. Results were used to design a three port H2
taged microreactor and to investigate the additional selectivity
ssues not covered within the model results. Obtained experi-
ental results gave some insights of the effect of non-uniform

taging for continuous distributors on XCO which were compa-
able with the ones predicted by the simplified pre-experimental
odeling protocol.
The experimental showed that beyond observed conversion

odulation effect, the product distribution obtained though the
uning of H2 flow pattern over a three ports distributor allowed
n increase of the C5–C9 product selectivity. Once combined
hese conversion/selectivity effects allowed to half the C1–4 yield
ithout dramatically reducing the overall C5+ yield thus globally

eading to a more efficient use of H2. A non-uniform and increas-
ng staging policy gave the best product distribution orientation
or C5+ production at 0.1 MPa and 180 ◦C without jeopardizing
he heavy product global yield traditionally achievable at this
ressure.

Even if it only gave global yield trends under experimental
onditions not suitable as such for industrial application, the
se of a microstructured reactor added extra interest as it does
ot have to cope with scaling-up issues. It established a proof of
rinciple and demonstrated the feasibility of a complex flow dis-
ribution configuration over the more classically reported single
hannel or parallel array fed with premixed syngas for a limited
mount of discrete feed ports individually controlled.
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